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ABSTRACT

Methods of heavy water production are examined in detail. Processes based

on chemical exchange have the greatest potential for further development but

distillation, electrolytic and chromatographic methods are also discussed.
i

In the immediate future most of the world output of heavy water will be

produced by hydrogen sulphide/water exchange (the GS process) but there is

limited scope for further reduction in GS production costs. Recent advances in

process development make the ammonia/hydrogen route an attractive alternative

since the enrichment obtainable in each stage is greater while the energy

consumption is less. A variation of the ammonia/hydrogen scheme involving the

use of amines as additives to, or substitutes for ammonia also appears promising.

The greatest obstacle to the development of either the ammonia/hydrogen or

amine/hydrogen schemes on a large scale is the limitation on the supply of

hydrogen. Ammonia synthesis gas is currently the most plentiful supply available

continued...



ABSTRACT (continued)

but 1500 tonnes/day of ammonia capacity is needed for each 100 tonnes of heavy

water produced annually. Unlimited production could be achieved using an

equilibration stage in which hydrogen depleted in deuterium is exchanged with

water at high temperature. The economics of this scheme depend on the develop-

ment of a satisfactory catalyst for water/hydrogen equilibration.

Distillation of water., methane and hydrogen have been proposed as economic

routes to heavy water production but design studies and experimental data would

need to be clarified if optimistic forecasts are to be substantiated.

Processes based on chromatography or selective adsorption have received scanr,

attention in the past. Many problems would need to be overcome before such

processes could be adapted to large scale production of heavy water, but in view

of recent advances in plant scale chromatography, they should be re-examined.
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In power reactors moderated by heavy water the low neutron absorption cross

section of heavy water enables natural or low enrichment uranium dioxide to be

used effectively with good fuel utilisation and low fuel cost. However these

advantages are partially offset by the high cost of heavy water which contributes

significantly to the capital cost of the reactors.

Inventory requirements for heavy water reactors vary considerably with

reactor design and fuel characteristics. For reactors utilising natural uranium

with heavy water as moderator and coolant as typified by CANDU-PHW reactors, the

inventory is approximately one tonne of heavy water/MWe. Improvements in design

should reduce this to 0.55 tonnes/MWe after 1976 (Cochran 1966). An inventory

of one tonne of heavy water/MWe represents about 16 per cent of the total reactor

capital investment and from 10-15 per cent of the total cost of generation

(Bancroft 1968). The British SGHWR which uses slightly enriched uranium dioxide

fuel, heavy water as moderator, and boiling light water as coolant, requires

about 0.26 tonnes of heavy water/Me (Wright - A.A.E.C, private communication).

A significant reduction in price will strengthen the market position of

heavy water moderated reactors and considerable research and development is

under way to refine existing processes and to explore new production routes.

This survey critically examines the processes and indicates areas of

research and development likely to lead to a reduction in heavy water costs.

2. SOURCES OF DEUTERIUM

The deuterium concentration in natural hydrogen sources expressed as the

ratio of deuterium to total hydrogen atoms, generally varies within the range

120-160 ppm. Any hydrogenous compound is a potential source of deuterium and

therefore heavy water, but only water, hydrogen, ammonia and methane are

available in sufficient quantities to be considered for large scale production.

Of these materials, only water can be regarded as a limitless source. Typical

requirements of water, ammonia synthesis gas, and hydrogen as feed for a 100

tonne/year heavy water plant are shown in Table 1.

The concentration of deuterium in deep ocean water varies little from an

average value of 158 ppm, but, because of selective evaporation, this concen-

tration is above that of surface waters. Variations in deuterium concentration

over a continental land mass are also observed. As moist air moves inland from

the sea, falls of rain or snow are enriched in deuterium by fractional con-

densation and the residual water vapour is depleted. Successive falls have a

lower deuterium concentration. The deuterium concentration in rivers is increased

by fractional evaporation as they flow towards the sea. Both these effects
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result in a gradient across a land mass with coastal rivers richest .'in deuterium

(Bancroft and Brown 1967). A Canadian survey found that the typical deuterium

content of inland rivers was 130-140 ppm, while that of coastal rivers was

140-150 ppm (Brown et al. 1967). Since the cost of heavy water production is

inversely proportional to the deuterium concentration of the feed, each ppm

difference in feed concentration is equivalent to approximately $0.26/kg in the

final heavy water cost (Bancroft and Brown 1967) . The location of a heavy water

plant is therefore important in determining the overall cost of production.

Hydrogen is available from coke-oven gas, water gas, fuel oil, catalytic

reforming gas, natural gas and from the electrolysis of water or brine solutions.

At present the largest hydrogen streams are available as synthesis gas for

ammonia production. Benedict (1955) reported that hydrogen in synthesis gas

contained from 108-127 ppm deuterium. This abnormally low level was attributed

to concentration of deuterium in the unconverted steam from the water-gas shift

reaction. He estimated that if this steam were recycled, the deuterium concen-

tration of the hydrogen could be increased to around 136 ppm.

Pfetbane is available in large quantities in natural gas and is important

because of its possible use as a source of hydrogen. Pew measurements of the

deuterium concentration in methane have been reported but it appears that the

concentration is significantly below that of natural waters. Bancroft (1968)

reported 117-133 ppm concentrations in Canadian natural gases.

3. WORLD PRODUCTION AND DEMAND FOR HEAVY WATER

By the end of 1972, world production of heavy water should exceed 1,800

tonnes/year. Table 2 shows the status and location of major plants.

A Canadian survey (Cochran 1966) estimated that world demand for heavy

water would average 1,960 tonnes/year over the period 1971-1975, 3,900 tonnes/

year for 1976-1980 and 6,200 tonnes/year for 1981-1985. Proposed plants can

therefore barely meet the most immediate needs and a serious shortage will occur

in 1971-2 until the new large Canadian plants are operational.

4. HEAVY WATER PRICES

The price of heavy water produced by the Savannah River plant is

$US.66.00/kg (USAEC 1969). However, the second generation G£ plants in Canada

will sell heavy water under contract to Atomic Energy of Canada Ltd. for an

average price of $CAN.40.00/kg (Bancroft 1968). Further, but less substantial,

cost reduction may be expected from the $CAN,U5 million heavy water complex
at Bruce Point.

I

3.

5. SEPARATION PROCESSES

Separation processes can be classified broadly according to reversibility.

In a reversible or equilibrium process such as distillation or fractional

adsorption, components of a mixture spontaneously approach equilibrium without

requiring external work. Irreversible processes such as mass diffusion or

electrolysis are characterised by their need for a continuous supply of work

and in general they use energy inefficiently.

The best single measure of the separating power of any process for isotope

enrichment is the separation factor, a. It is defined in terms of the concentration

of each component in the light and heavy streams leaving a separation stage,

y (1-x)
x (1-y)

...(1)

where y and x refer to the atom fractions of the light component in respectively

the light and heavy streams. For a given duty, the separation factor is a measure

of the number of ideal stages required. The number required to achieve a given

separation with minimum volume and energy consumption (Benedict and Pigford 1957;

Pratt 1961) is

N,M 2
r x (i-x ),>n P w•&n / n \

X (1-X ) IL w p '
/ faa ...(2)

where x and x are the product and waste compositions respectively. Applying
p w

Equation 2 to the concentration of heavy water where the feed concentration x^ is

likely to be 140 to 150 x 10"6 with a product stream at concentration x̂  = 0.998

and a waste stream rejected at x̂  = 130 x 10~s gives N = 620 stages for a = 1.05

but only 90 for a = 1.40.

The total internal flow rate in an ideal cascade (Benedict and Pigford 1957)

is

F F (2x -1) .faFi (2xi J ....(3)

where F. is the molar flow rate of an external stream (positive when product,

negative when feed) of composition x.. Since the total internal flow rate is

related to both plant size and power demand, it can be used as a guide in

evaluating the effect of the separation factor and the product and feed compo-

sitions on total costs. For example, other conditions being equal, the total

internal flow for a = 1.40 is only 2 per cent of the flow rate when Ot - 1.05.

Although Equations 2 and 3 are useful guides to the number of stages

required and the flow rate through the cascade, there is no strict, relation
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between these factors and product cost. In general, the processes most likely

to be successful are those which combine an adequate separation factor with

efficient energy recovery. Since reversible processes such as chemical exchange

and distillation, give acceptable separation factors for hydrogen isotopes they

have generally been found to offer the best prospects (Ryan 1967).

6, CHEMICAL EXCHANGE

Chemical exchange methods of producing heavy water rely on a shift in

equilibrium in a reaction of the type

XD + YH - YD + XH , • (4)

where H and D represent respectively the isotopes of mass number one (protium) and

two (deuterium). The equilibrium constant for this reaction is

•l

K
[YD] [XH]

CXD] [YH] ...(5)

where concentrations, [YD], [XH] etc., can be. expressed in either the gas or liquid

phase. The separation factor a is equal to K provided the two reactants have an

equal number of interchangeable atoms and are immiscible. 'For gas-liquid chemical

exchange in the region of low deuterium concentrations, Pratt (1961) gives the
separation factor as

* (S + Ky) (R + H)a (i +/HI + RS) ...(6)

where R is the molar ratio of interchangeable hydrogen atoms in XH and' YH.

a is the relative volatility of XH, with respect to XD,or YH

with respect to YD (assumed to be equal),

H the humidity, is the number of moles of liquid per mole of

gas in the gas phase,

S the solubility, is the number of moles of ga£ per mole of

liquid in the liquid phase,

Ky is the equilibrium constant in the vapour phase.

Large overall separation factors can be achieved in two ways; dual temper-

ature operation and monothermal operation (see Figure l).

(i) Dual temperature operation

This method takes advantage of the change in the equilibrium constant with

temperature. The effect o* temperature on the separation factor for a number of

5.

hydrogen-deuterium exchange reactions is shown in Figure 2.

A typical dual temperature unit consists of two countercurrent contacting

towers operating in series. A liquid feed stream enters the 'cold1 tower and

is progressively enriched in deuterium by exchange with enriched gas. Some of

this stream is withdrawn as product from the base of the cold tower; the

remainder is fed to the 'hot* tower whose purpose is to strip the feed stream

of its deuterium and so provide an enriched gas reflux to the cold tower. In •

dual temperature exchange, the ratio of the separation factors in the cold and

hot towers is a measure of the ease of separation (Benedict and Pigford 1957,

Barr and Drews I960). An overall separation factor is often defined (Ayres 1969)

as

a
overall

cold

°hot
...(7)

The maximum recovery for a dual temperature system without a stripping section

(Pratt 1961) is

pel-cent recovery = ( 1 -
cold

x 100 .,.(8)

Overall separation factors for dual temperature exchange for a number of systems

are listed in Table 3. In both Figure 2 and Table 3 effects due to gas solubility

and liquid volatility, which tend to lower the effective separation factor (see
\

Equation 6) have not been considered.

( ii) Monothermal operation

In this mode of operation, reflux is provided by converting the enriched

liquid at the base of the exchange tower into the gas phase. This method can

therefore only be used when one component can be chemically transformed into the

other species. Monothermal operation of water-hydrogen and ammonia-hydrogen

exchange processes, for example, is feasible because NHa and H20 can be converted

into hydrogen by thermal or electrolytic decomposition. Monothermal operation

has a lower tower volume requirement but this advantage is often offset by the

costs of chemical conversion.

6,1 Hydrogen Sulphide - Water Exchange (GS Process)

6.1.1 General process considerations

The GS (Girdler-Sulphide or Girdler-Spevack) dual temperature process is

the main method currently used for heavy water production. It combines an

adequate separation factor with moderate energy requirements. The process

utilises a shift in the equilibrium of the chemical reaction;



H20(4) + HDS(g)
cold

6.

HDO(̂ ) + H2S(g) with temperature. ...(9)

This reaction is ionic and rapid so plate efficiencies in the range 60-65. per

cent can be achieved without a catalyst in conventional distillation equipment

(Bebbington et al. 1959).

The basic arrangement, a pair of gas-liquid, countercurrent, contacting

columns, is shown in Figure la. For the GS process, operating pressure is about •

2,100 kN/m2(300 psia) and the temperatures are approximately 30°C in the cold

tower and 130°C in the hot tower. The equilibrium constant for Equation 9 is

2.22 at 30°C and 1.76 at 130°C giving an overall separation factor of approxi-

mately 1.26 (Table 3). Deuterium is transferred from the hydrogen sulphide to

the feed water in the cold tower. The direction of transfer is reversed in the

hot tower, but, because of the differences- in the equilibrium constant at

different temperatures, the water leaving the hot tower is depleted in. deuterium

relative to the feed. The deuterium concentration is a maximum in the water

stream at the base of the cold tower and in the gas stream at.the'top of the hot,

tower; parts of these streams are withdrawn and fed to another pair of GS

columns for further enrichment. As water is freely available, it is not customary

to recycle it from the base of the hot tower. The maximum deuterium recovery is

limited to about 20 per cent ( see Equation 8). Hydrogen sulphide circulates in

a closed loop within the system, acting as a transport medium for deuterium.

Enriched water and hydrogen sulphide are withdrawn at the base of the cold tower

and passed to higher stages for further enrichment.

Despite its proven success the GS process has several limitations which

have led to the study of new production routes:

(i) The overall separation that can be achieved in a dual temperature

system increases as the temperature spread between the hot and cold towers is

increased. Also, equipment size can be decreased if column pressure is increased.

The properties of the H2S/H20 mixture restrict both the temperature spread and

the operating pressure. Table 4 summarises the conditions for solid hydrate

(H2S°6H20) formation and H2S liquefaction as a function of pressure. The maximum

operating pressure is limited to about 2,100 kN/m2 (300 psia) by the liquefaction

of H2S and the cold tower temperature cannot be decreased below 30°C because of

hydrate formation. The hot tower temperature cannot be increased above 140°C owing

to vaporisation of water in the hot tower.

V ii) Examination of Figure 2 shows that, of the systems represented on

that graph, the equilibrium constant for the H2S/H20 system has one of the lowest

temperature coefficients. The small effect of temperature, coupled with the

restrictions in the hot and cold tower temperatures noted above, results in a

relatively small overall separation factor (see Table 3). In this respect, the

H2/H20 and NH3/H2 systems are markedly superior.

(iii) Carbon steel is readily attacked by hydrogen sulphi^r i" water,

but the rate of attack decreases to acceptable limits as an iron sulphide

protective coating builds up on the surface (Thayer and De Long 1962). However,

if this coating is continually removed by impingement of liquid, the corrosion

rate remains high. Pilot plant data (Bebbington et al. 1959) showed that for

equipment- subject to high flow velocities such as control valves, tray towers and

heat exchangers, satisfactory performance could be obtained using stainless steel,

preferably of type 316.

Stress corrosion cracking and blistering due to diffusion of

hydrogen into the metal introduces further problems,, All vessels containing

hydrogen sulphide must be stress relieved after fabrication and bolts must be heat

treated to reduce their hardness below 27 on the Rockwell C scale (Bebbington et al.

1959) .

The measures outlined above are designed to control rather than to

stop corrosion, As a result, maintenance and replacement costs in the GS process

can be anticipated to be appreciably higher than those applicable to a less

corrosive environment,

(iv) A 400 tonne/yr GS plant requires an inventory of about 700 tonnes

of H2S (Bebbington et al, 1959), This gas constitutes a significant safety hazard

since the toxicity of H2S is about the same as hydrogen cyanide. All equipment

containing H2S must be- located in the open, gas monitors and alarms must be

strategically placed and operating personnel must work in pairs and carry gas

masks, A system of isolaoj.p.g and dump valves is required.

6.1,2 Production facilities and economics

Two GS plants were constructed in the United States in the early 1950's at

Dana, Indiana, and Savannah River, South Carolina, with a combined capacity of

about 850 tonnes/year (Bebbington et al. 1959). In 1957-1958, the projected

demands for heavy water were not sufficient to justify operation of both plants

and the Dana plant and part of the Savannah River plant were permanently shut down.

Current production rate at Savannah River is about 160-180 tonnes/year (Bebbington

and Thayer 1959; Barr 1966).

A flow diagram of a unit of the Savannah River plant is shown in Figure 3.

The plant originally had 24 such units. The natural concentration of the feed-

water is increased from 145-150 ppm heavy water to about 600-800 ppm in the first

stage. In the second stage, it is increased to about 15 per cent. The Dana
v-

plant had five GS stages and more closely approximated an ideal continuously



(e) Sieve plates were specified throughout the plant. It was estimated

that this would result in a 40 per cent reduction in tray costs and

a 15 per cent increase in tower throughput (see Proctor 1963; Garvin

and Norton 1967, 1968).
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tapered cascade but its operation was more complex.

Although the GS process can be used to concentrate water to 99.8% D20, vacuum f

distillation and water electrolysis were chosen as finishing operations at both

Dana and Savannajh. River because they were not subject to losses through leaks or

process upsets. The cost of these finishing operations is only about 5 per cent

of the total cost (Bebbington et al. 1959), •

Control of the dual temperature columns poses unique problems. If both hot

and cold columns are to be operated efficiently, the liquid to gas flow rates

through the two towers must be fixed within narrow limits. For satisfactory

operation, the molar ratio of gas to liquid flow rates in both columns should lie

between the separation factors applicable to the hot and cold towers (Bebbington
t

et al. 1959). Deviation from, optimum conditions in either direction results in

a decrease in production rate. A method was developed to control this ratio to

within 2f per cent by measuring the ratio of deuterium concentrations at the mid- .

point of the two columns (Morris and Scotten 1962),

The total investment at Savannah River of $US.164 million represented a

cost of about $320/(kg/year) (Bebbington et al, 1964). Power and steam require-

ments were 680 kWh and 5,600 kg of 6,200 kN/m2 (900 psia) steam per kg of heavy

water produced (Bebbington and Thayer 1959). Total operating cost was $U8.29.70

per kg of heavy water produced.
/"

On examining the economics of heavy water product ion,, Proctor and Thayer

(1961, 1962a, 1962b) proposed modifications to the original GS process which

they claimed would reduce heavy water costs to $US.38/kg. Some of these modif-

ications were:

(a) Natural gas replaced coal as a source of energy and gas fired process

heaters were incorporated directly into the GS process.

(b) The heat recovery system was simplified and redesigned following the

ideas of Spevack (1957, 1959),

(c) The diameter of the towers in the first stage was increased to the

maximum size consistent with shipping and fabricating costs. •

(d) A three-stage cascade, which represents a compromise between the Dana

and Savannah River plants, was selected to give a 15 per cent D20

product.

9.

(f) Hydrogen sulphide make-up gas was generated within the GS unit by the

addition of sodium hydrosu.lphide to the feedwater.

A breakdown of costs for the Proctor-Thayer design is compared with the corres-

ponding costs for the Savannah River plant in Table 5.

Although the Savannah River plant is the only GS installation operating at

this time, four new plants, three in Canada and one in India of about 1,600 tonnes/

year total capacity, are under construction (see Table 2) (Nuclear Canada 1968,

1969b; Canadian Nuclear Technology 1966; Law 1968). Some of Proctor and ThayerTs

modifications have been incorporated Into the new plants, but except for the

Deuterium of Canada Ltd. plant at Glace Bay, Nova Scotia, all installations are

of the conventional design established in the U.S.A.

The Glace Bay plant was designed to accept sea water as a deuterium feed

source and it was proposed to produce 99.8% D20 by a five-stage GS cascade

(Canadian Chemical Processing 1967). Process details have not been reported, but

it appears that H2S is first equilibrated with sea water at elevated temperatures

in a 'feed and effluent system' (Nuclear Canada 1969c). The enriched gas then

becomes the feed to a train of hot and cold towers in which fresh water is

circulated in a closed cycle. This system has the advantage that, since the

optimum gas to liquid ratio is of the same order as the separation factor and is

always greater than 1 (Bebbington et al. 1959), the production capacity of a

plant operating with gas feed is correspondingly higher. The Glace Bay plant was

originally due to start operations in 1967 but has been beset with problems. It

has been estimated that a further $CAN.30 million will be required to place the

plant in an operating condition and it is unlikely to start up before 1972

(Nuclear Canada 1969c).

6.2 Ammonia-Hydrogen Exchange

6.2,1 General process considerations

The separation factor for the reaction

cold
+ HD(g) =̂̂ NH2D(̂ ) +H2(g)

hot
...(10)

is much larger than for the GS process, while the temperature coefficient of the

separation factor is also markedly higher (see Figure 2). For dual temperature

operation with cold and hot tower temperatures of -40°C and 70°C, the overall

separation is 2.03, This compares with the value of 1.26 for the conventional

GS process. On this basis, the NH3/H2 exchange reaction is a markedly superior

route to deuterium enrichment. In addition, corrosion is not expected to repres-

ent a major problem as in the GS process (Le Chatelier 1968).
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Exchange in the NH2/H2 system does not proceed spontaneously and until 1950

no satisfactory catalyst for the reaction was known. The discovery by Claeys,

Dayton and Wilmarth (1950) that potassium amide was an efficient homogeneous

catalyst renewed enthusiasm for the system. Both monothermal and bithermal

operation of the process are feasible. Most current research into heavy water

production is directed towards this system, and it is likely to be the most

immediate challenger to the GS process.

The exchange rate of deuterium between hydrogen and ammonia even with the

potassium amide catalyst is relatively slow. Reported values of Murphree plate

efficiency in the range 0,50-24 per cent (Bigeleisen 1957, Bourke and Pepper 1963)

contrast unfavourably with the value of 60-65 per cent for the GS process.

Though there have been several studies of the kinetics of the exchange

reaction (Haul et al. 1961, Haul and Blennemann 1962, Rebora 1962, Bar-Eli and

Klein 1962a, D:i-ian et al. 1963, Delmas 1968), no consistent or completely

satisfactory explanation has emerged. At very low concentrations, the exchange

rate is approximately proportional to catalyst concentration and is controlled

by the rate of chemical reaction (Bar-Eli and Klein 1962a, Wilmarth and Dayton

1953). Wilmarth and Dayton suggested a mechanism of the form

D2 D" -f DNH2 ...(11)

D HNH2 HD -f ei. ...(12)

Bigeleisen (1957) subsequently established that for catalyst concentrations above

0.1 M KNH2 the reaction rate is at least partly controlled by the diffusion of

hydrogen through the liquid film.

The studies of Bourke and Lee (1961) over the temperature range -40°C to

+20°C indicated that for potassium amide concentrations of 36 g/litre the half-

life for chemical reaction was of the order of 0.04-0.002 sec. Even so, the

overall exchange rate was very slow because of the low solubility of hydrogen

in ammonia. The overall mechanism is that of absorption with chemical reaction

for which various treatments are available (for example, Danckwerts and Kennedy

1954; Sherwood and Pigford 1952). Bourke and Lee (1961) suggested an equation
of the form

r =
tanh -/Dk

...(13)

11.

c is theWherer_jj3--t-ire'"rate of exchange, c. is the solubility of HD in

equilibrium concentration of HD in NH2D, D is the diffusion coefficient of HD,

A is the interfacial area, k is the chemical rate constant and k is the mass

transfer coefficient without reaction.

According to Equation 13, several methods of increasing the rate of mass

transfer are available :

( a) The solubility of hydrogen in ammonia could be increased. The most

obvious way to do this is to increase the hydrogen pressure. Results of Haul et al,

(1961) indicate that the exchange rate is a linear function of pressure. The

A.E.C.L. study of the Mia/H2 bithermal exchange scheme (Rae 1966) proposed a

working pressure of 21 MN/m2 (3,000 psia) .

( b) The rate of chemical exchange could be improved if a higher catalyst

concentration were used or if a more effective catalyst could be found.

Lefrancois et al. (1962) established that rubidium and caesium amides are more

efficient catalysts than potassium amide. These catalysts are also safer to

handle and are very soluble in ammonia. Typical Murphree efficiencies are listed

in Table 6. However the high cost of rubidium and caesium probably precludes

their use.

( e) The cold tower temperature could be raised. While high temperatures

are desirable for rapid mass transfer , the equilibrium is favoured by low

temperatures. Cold tower temperature is limited, in theory, only by the

freezing point of ammonia, -78°C. However, kinetic studies indicate that the

exchange rate is too low at temperatures near the freezing point. The activation

energy for the exchange reaction has been variously reported as 3.9-8.0 kcal/mole

(Haul et al. 1961; Bourke and Lee 1961). A. temperature of -30°C to -40°C is

probably the lower limit at present consistent with acceptable mass transfer rates

( Bancroft 1968) .

( d) Both the interfacial area and the mass transfer coefficient could be

increased by better contacting. Mechanical agitation may be a relatively simple

method of increasing turbulence and interfacial area. Voyer and Miller (1967)

reported that the presence of screen packing in a column increased the inter-

facial area in a co-current gas-liquid contactor. The French plant at

Mazingarbe relies on ejectors developed by Sulzer Brothers Ltd. to increase

contact efficiency (LeFrancois 1968; Le Chatelier 1968). The gas entering the

ejector sucks in liquid and forms an emulsion which exchanges rapidly in the

reaction chamber before being separated. Pumps are required to circulate the

liquid from one level 'bo another, A schematic diagram of this arrangement is

shown in Figure 4.
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6.2,2 Production facilities and economics

The ammonia-hydrogen process requires a large source of either ammonia or

hydrogen. Synthesis gas mixtures (75 per cent hydrogen and 25 per cent nitrogen

by volume) for ammonia production are currently the largest sources of deuterium

available. A plant to produce 400 tonnes/year of heavy water,, a conventional

size for GS plants, would have to be linked to a plant producing 6,000 tonnes/day

of ammonia but no such plants are in existence. For some time, plants based on

NH3/H2 exchange will be limited to about 100 tonnes/year throughput corresponding

to a 1,500 tonnes/day ammonia plant.

The first commercial NH3/H2 plant, with a production capacity of 25 tonnes/

year, began operation at Mazingarbe in 1967 (Ellwood 1968). French workers con-

cluded that the monothermal version of the NH3/H2 process offered the best

prospects (Lefrancois et al. 1964) and this scheme was adopted for the Mazingarbe

plant. India has recently decided to construct a 65 tonnes/year plant based on

the French design (Prakash, BARC, private communication 1969).

A schematic diagram of the Mazingarbe plant is shown in Figure 5. Its

features include a catalyst scrubbing tower to remove deuterium from the concen-

trated solution of potassium amide in ammonia, a thermal cracking unit to provide

reflux hydrogen to the reaction towers and the Sulzer ejector contacting system

described earlier. The exchange towers, fabricated from low alloy steel, are

1.6 metres In diameter, 36 metres high and weigh 240 tonnes (Ellwood 1968,

Le Chatelier 1968). The product ammonia from the towers contains 1-3 per cent

deuterium. Final enrichment to 98 per cent deuterium is via ammonia distillation.

Special precautions are required in handling the potassium amide catalysts

at Mazingarbe (Roth 1968). Potassium amide is very sensitive to steam, which

destroys it, forming the hydroxide, and to air, in which it is spontaneously

flammable. The presence of large quantities of pressurised ammonia and hydrogen

adds to the danger of explosion. Consequently the hydrogen feed gas' must be

pretreated and purified to rigorous standards.

Recycling of the amide catalyst poses some problems in a monothermal system.

The catalyst may be either concentrated by evaporation of ammonia (Lazard and

Lerat 1961, 1963) or amalgamated at a mercury electrode (Dirian and Sack 1963).

In the former case, the enriched KNH2-NH3 solution must be stripped of deuterium

in a scrubbing tower before returning to the exchange column (Lazard 1965).

Monothermal operation has the advantage of a higher sejparation factor 5.8.,

with 83 per cent recovery of deuterium at ~40°C. This advantage is offset by

the need to evaporate ammonia before cracking and to strip bhe catalyst of its

deuterium. Despite the relatively low heat of decomposition of ammonia,

3.0 x 106 J/kg, (1,300 Btu/lb) (Rae 1965), the cracking of ammonia represents the

most costly unit operation. Power and steam requirements have been estimated to

be 1,100 kWh and 2,800 kg steam per kg D20 in the monothermal case but only 800 kWh

and 1,400 kg steam per kg D20 in the bithermal case (Law 1965). Consequently a

pilot plant has been built in France to study the bithermal process (Rostaing

1968) .

German research has shown that the dual temperature scheme is both 'feasible

(Walter and Schindewolf 1965) and competitive (Becker et al. 1969). Pilot plant

studies have been conducted at Friedrich Ulide Gmbh. This installation consists

of two cold columns operating at -20°C and a hot tower at 60°C. Each column has

an internal diameter of 12 cm,contains about'200 sieve plates, and operates at a

pressure of 20 MN/m2 (200 atm.).

Recently Becker et al. (1969) published details of a design and cost study

for a 100 tonnes/year plant using synthesis gas as feed. The plant design, based

on the operational data of the German pilot plant, is shown in Figure 6 and a

comparison of estimated production costs with those based on the Proctor and

Thayer design for a 180 tonnes/year GS plant is given in Table 7. Although it is

difficult to compare costs in different countries at different times, the NH3/H2

process appears to be markedly superior overall. In regions of high energy costs,

the superiority of the NH3/H2 process would be even more evident. According to

Becker et al. (1969), power and steam requirements for bithermal NH3/H2 exchange

are 560 kWh and 2,000 kg steam per kg D20 and 265 kWh and 11,000 kg steam per kg

D20 for the GS process. On this basis, if the energy costs used in Table 6 were

doubled, production costs would rise by $3.44/kg D20 for an NH3/H2 plant and

$6.98/kg D20 for a GS plant.

Unlimited production via the NH3/H2 process might be achieved by using an

equilibration stage in which either ammonia or hydrogen depleted in deuterium

is exchanged with water. The separation factor for NHa/H20 exchange is close to

unity and the structure of ammonia in water suggests that exchange would be rapid.

However, the necessity of removing all the sensitive amide catalyst from the

depleted ammonia stream and ensuring that the returning strean is completely

dried would pose many problems. Further, the optimum molar gas/liquid flow rate

in a dual temperature unit is of the same order as the separation factor

(Bebbington and Thayer 1959.. Pratt 1961), so that in the NH3/H2 system the liquid

circulation rate is only 15-25 per cent of the gas rate. On this basis replenish-

ment of the hydrogen is fundamentally more desirable.

Equilibration via H20/H2 exchange has the disadvantage that no completely

acceptable catalysts are currently available (see Section 6.3). The deuterium

also tends to concentrate in the water so that best results are obtained at high
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temperatures. At 200°C, the separation factor is ~ 2 and it is possible to raise

the depleted hydrogen stream to 70 ppm (roughly half the natural abundance).

A cost study recently completed in Canada (Bancroft 1968) compared two

possible plant designs based on NHa/H2 dual temperature exchange; a 63 tonnes/year

plant linked to a 900 tonnes/day ammonia plant and a 360 tonnes/year plant based

on water equilibration of depleted hydrogen feed. Flowsheets for'both processes

are shown in Figures 7 and 8. A breakdown of costs for the 360 tonnes/year plant

is given in Table 8. The results of this study indicated that water-based NH3/H2

exchange was likely to produce heavy water for the same overall cost as the GS

process. Operating costs were estimated to be only 71 per cent of those applicable

to the GS process mainly because steam and power requirements were markedly less.

Capital costs were higher because of the need for feed equilibration. An evaluation

of the 63 tonnes/year plant with synthesis gas feed showed that, if the deuterium

concentration of the feed was above 123 ppm, this scheme would be superior to a

360 tonnes/year plant based on either the GS process or the NH3/H2 scheme with feed

equilibration.

6.2.3 Amine-hydrogen exchange

I

1

Amines have been proposed as additives or'substitutes for ammonia in the

NH3/H2 process. Bar-Eli and Klein (I962b, 1965) discovered that the rate of

exchange in amines was from five to ten times the rate found using ammonia. Kenyon

and Pepper (1964) and Kenyon (1968) reached similar conclusions and proposed that

pyrrolidine and dimethylamine were the most suitable amines but claimed that

ethylamine, ethylenediamine and trimethylamine were not effective. This was disputed

by French workers (CEA 1968) who claimed that trimethylamine enhanced contact

efficiency. The reason for the increase in exchange rate in amine/ammonia mixtures

has not been adequately explained, but it has been suggested that the am ins increases

the solubility of hydrogen in ammoniacal solutions (CEA 1968).
1

Apart from the more rapid exchange rate, the amine/H2 system has the advantage {

of a lower vapour pressure so that lower pressures and higher hot tower temperatures ;

can be used. Properties of some aliphatic amines are given in Table 9, Solubilities ;

of hydrogen in amines and exchange rate constants have been extracted from the recent ;

data of Rochard (1969) . Separation factors for such systems have not so far been

published. ]

6.3 Hydrogen-Water Exchange

The separation factor for the H20/H2 exchange reaction

cold
+HD(g) ; - *» HDO(J)

hot
H2(g) ...(14)

is sightly above that of the NH3/H2 system and the temperature coefficient is
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approximately the same, If water is used as a deuterium source, unlimited pro-

duction is possible. However, while the H20/H2 system is in ;iia:iy ways the most

suitable scheme for deuterium enrichment, the exchange does not proceed without

a catalyst.

6.3.1 Gas phase catalysis

Hydrogen/steam exchange was the first process selected for commercial

development by the Manhattan District (Murphy 1955). A plant of 6 tonnes/year

capacity was built at Trail, Canada and began operation in 1943. The exchange

towers (Figure 9) contained alternative arrangements of bubble cap trays, where

water and steam were equilibrated., and fixed catalyst beds where exchange took

place. A steam-hydrogen mixture flowed upwards at 65°C through each tower,

counter-current to a stream of water. The gas was heated before passing through

each catalyst bed to prevent condensation. Platinum on activated charcoal and

nickel on chromium oxide were used as catalysts. Reflux to the column was

provided by electrolysis of the enriched water.

The capital cost of the Trail plant was $US 2.4 million and operating costs

in 1945 were $US 60/kg D20. Benedict examined the economics of heavy water pro-

duction for a 9 tonnes/year unit and calculated that total production cost

(including capital charges at 5 per cent) would be $103/kg D20 (1954 US dollars).

On these figures, gas phase catalysis is not economic.

One of the main reasons for the high production cost is the complexity of

the column internals, notably the gas superheating stages. Also, the cost

advantages of large-scale production cannot be obtained unless a profitable

market for electrolytic hydrogen is available. In most countries electrolysis

of water to produce hydrogen has been superseded. Other sources of hydrogen,

such as synthesis gas, cannot be used because of catalyst poisoning. Dual

temperature operation of Trail type towers is not possible. However, Cerrai

et al. (1954) proposed a dual temperature system with a cold tower at around

70-100°C and a high temperature gas reaction chamber at 500°C but the scheme

does not appear to be economic (Benedict 1955).

In 1956, the Trail plant was shut down. In Norway, where power costs are

very low, steam/hydrogen exchange coupled with electrolysis is still used in

three plants of total capacity 20 tonnes/year but the capital or operating

costs have not been published.

6,3.2 Liquid phase catalysis •-

(i) Heterogeneous catalysis: The original studies of steam/hydrogen

exchange appeared to indicate that heterogeneous catalysts lost much of ther

activity when brought into contact with water (Benedict 1955) . However later
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work (Roth et al. 1958), Indicated that the chemical activity in both phases was

of the same order but in the case of liquid phase exchange the diffusion through

the boundary layer was the limiting factor. Gas diffusion can be promoted by

extensive catalyst dispersion, by better gas-liquid contacting and by raising the

hydrogen solubility by increasing the pressure. French studies (Rob'r et al. 1958)

found that colloidal platinum was by far the most active catalyst while Ni/CrsOa

and Pt/Al203 granulated powders were also effective. The use of colloidal

platinum would be restricted to processes in which water was the closed cycle

because of the problems of recovery of catalyst.. Catalyst inventory would con-

tribute substantially to the capital cost and the resistance of the catalyst to
poisoning would be important,

Becker (1956) and co-workers (1958a, 195'8b, 1962) studied high pressure-

liquid phase exchange on a platinum-charcoal suspended catalyst and estimated

that power and heat requirements for a process based on hydrogen as a feed source

would be 200 kWh and 2,100 kg of steam per kg D20 (compared with 265 kWh and

11,000 kg of steam per kg D20 for the GS process) . The platinum inventory of

16 g per kg D20/year represents a cost of about $40 p^r kg D20/year (Ayr-es 1969) .

The dual temperature process suggested by Becker has been examined in a

pilot plant built by Friedrich Uhde Gmbh (Walter et al. 1962, Becker 1962). The

temperature in the hot tower was set at 200°C while the two cold, towers were

maintained at 30°C. However, more encouraging results were later obtained in a

study of the NH3/H2 scheme in the same plant (see Section 6.2) and it was con-

cluded that the NH3/H2 route was likely to produce cheaper heavy water (Walter

and Schindewolf 1965, Becker et al. 1969)„ Becker (1958b, 1962) considered that

the most promising results for the H2(g)/H20(̂ ) exchange reaction would be

obtained with a phase conversion system either by water electrolysis or by the
water-gas shift reaction.

(ii) Homogeneous catalysis; The catalytic activity of the hydroxyl

ion for H2/H20 exchange was discovered soon after the isolation of deuterium

(Wirtz and Bonhoeffer 1936) and later, more extensive studies (Claeys et al.

1950, Wilmarth et al. 1953, Miller and Rittenberg 1958) have confirmed this

result. The exchange rate is proportional to hydrogen pressure up to 10 MN/m2

(100 atm.) and increases with sodium hydroxide concentration up-to 5 molar.

Schindewolf (1963) suggested a mechanism involving heterolytic scission of
hydrogen, as follows:

OH"...D -H" + HOH + H2 + OH

At 30'C, the exchange rate is much slower tb^ the platinum catalysed reaction

However, as the activation energy for this reaction is about 24 kcal/mole
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(Wilmarth et al. 1953), which corresponds to a doubling of the rate every 5-10°C,

the exchange rate may be sufficiently large to be of use at much higher temper-

atures.

Sodium hydroxide is very corrosive at high temperatures and catalyst recovery

ccu^d be costly. Ishida and Benedict (1964) studied the catalytic activity of an

organic base diethylamine which would overcome these problems but unfortunately

the exchange rate was too low to be of use. Hydrazine has been suggested as a

homogeneous catalyst(Barr and Drews 1960) but Flournoy and Wilmarth (1961)

indicated that the exchange rate in 60 per cent aqueous solutions of hydrazine

and ethylenediamine was only comparable with the rate for 0.1 M KOH. Benedict

(1965) reported that ferrous ion catalyses th.e exchange reaction and suggested

that other paramagnetic ions or quaternary amines may be effective. Bacteria

containing a hydrogenase enzyme catalyse H2/H20 exchange but the exchange rate

at atmospheric pressure is very slow (Linday and Syrett 1960, S:/rett 1961).

It has been reported tha.t some transition metal complexes catalyse the

H2/H20 exchange reaction (Schindewolf 1963, Halpern and James 1966). Table 10

compares the rate of exchange for ruthenium chloride and cobalt (II) cyanide

complexes with the rate for other known catalysts. The exchange rates for these

catalysts are not encouraging, particularly as catalyst inventory and recovery

costs are likely to be important.

6.3.3 General process considerations

The economics of dual temperature H2/H20 exchange depend
1 on the discovery

of a catalyst which enables acceptable exchange rates to be obtained in the cold

tower. In evaluating the relative merits of various catalysts the following

factors need to be considered:

(a) Even if an extremely efficient heterogeneous catalyst is found, the

mass transfer rate may be limited by either the diffusion of dissolved hydrogen

from the gas-liquid interface to the bulk of the liquid or the diffusion of

hydrogen from the bulk to the catalyst surface. Both processes are functions

of the hydrogen solubility. At 200 atm. and 25°C, the solubility of hydrogen

in water is only 0.15 moles/litre while the corresponding solubility in ammonia

is 0.54 moles/litre (Stephen and Stephen 1963). As the solubility of hydrogen

in ammonia limits the exchange rate in that system (Bancroft 1968), diffusion

processes could be expected to be even more important in the H2/H20 system.

(b) The fundamental limitation described above can be overcome if a

homogeneous catalyst is used. In this case the mass transfer rate is limited

only by the chemical reaction rate (see Equation 13).

(c) The catalyst should ideally be cheap, easily recovered and resistant
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to poisoning. Heterogeneous-catalysts such as platinum on charcoal can be

recovered easily but are expensive and easily poisoned. If a homogeneous ',

catalyst is volatile and does not form an azeotrope with water it can generally

be recovered cheaply by evaporation or by steam stripping. Ion exchange is

usually more costly but not prohibitive. In some cases if the catalyst is

relatively inexpensive, for example very dilute caustic soda, there may not be

an economic necessity to recover the catalyst.

(d) Corrosion due to homogeneous catalysts may be a serious problem, for

example, alkalis such as caustic soda are very corrosive especially at high

temperatures. - "

The prospects of finding a cheap, homogeneous catalyst which is efficient

at low temperatures do not appear to be bright. It is suggested however that

any compound which catalyses a reaction in which hydrogen is reduced should be

viewed as a potential catalyst for H2/H20 exchange.

6.3 4 H2/H20 exchange for feed equilibration

While dual temperature H2/H20 exchange does not appear to be economic at

the present time, the transfer rate is sufficiently great at 200°C or above to

consider equilibration of a depleted hydrogen feedstream. The replenished

hydrogen could then be further enriched by NH3/H2 exchange or by hydrogen distill-

ation or adsorption processes. Besides the advantage of unlimited production,

a pure hydrogen stream rather than a synthesis gas mixture ( 3H2 + N2) could be

the source of deuterium. Since the allowable gas velocity through a tower is

proportional to the square root of the vapour density (Perry 1963), gas through-

puts with pure hydrogen feed can be approximately doubled.

The Canadian study of NH3/H2 exchange with feed equilibration has been

discussed in Section 6.2, The design data for this study were based on an

extrapolation of Becker's results using a platinum on charcoal catalyst (Becker

et al. 1958a, 1958b) and can only be regarded as approximate. It was assumed

that feed water would need to be very pure to prevent poisoning and that

extensive recovery equipment for- platinum would be required (Bancroft 1968).

About 40 per cent of the total capital cost was accounted for in the H2/H20

exchange step ( see Table 8).

Recently, Schindewolf and Kornke (1968) proposed that dilute caustic soda

be used as a homogeneous catalyst for equilibration. At 240°C, a Murphree plate '

efficiency of 40 per cent was reported for 0.4 g/litre NaOH. Plate efficiency

increased with temperature but decreased with caustic soda concentration below

about 0,4 g/litre. Special materials would be required to prevent caustic

corrosion but if the plate efficiencies reported can be obtained in conventional

distillation, equipment, only relatively few stages would be required to equilibrate^

the hydrogen feed.
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6.4 Other Chemical Exchange Reactions

Many chemical exchange reactions are listed and discussed Briefly by Barr

and Drews (i960) in their survey of processes for heavy water production. Only

a few of the more promising exchange reactions will be discussed here.

6.4.1 Phosphine/water exchange

The equilibrium constant for PH3/H20 exchange is reported to be about the

same as the H2S/H20 system (Weston and Bigeleisen 1952) but the temperature

coefficient is slightly lower (see Figure 2). However as phosphine carries 50

per cent more hydrogen per unit volume than hydrogen sulphide, tower volume can

be reduced proportionately. The production rate of a plant operating on phosphine

would be 35-40 per cent greater than the same plant operating on H2S (Bigeleisen

and Weston 1952, Bigeleisen 1957, Barr and Drews 1960).

PH3/H20 exchange is normally very slow but is catalysed by both acids and

bases (Weston and Bigeleisen 1954). At a pH of 2, Bigeleisen (1957) reported that

the chemical rate is of the order of seconds but the half-life for exchange is of

the order of hours at low pressures. It appears that, just as in the case of

NHa/H2 and H2/H20 exchange, the slow step is the diffusion of the gas into the

liquid. However the solubility of phosphine in water is greater than that of

hydrogen by an order of magnitude at 25°C (Lange 1956) and satisfactory tray

efficiencies may be obtained at high pressures. Bigeleisen (1957) suggested that

if 0.01 M sulphuric acid was used as the catalyst it could be discarded at a cost

of $4.40 per kg D20.

A PH3/H20 process would not be without special problems. Phosphine is more

costly to produce than hydrogen sulphide, is just as toxic, and, at least in its

impure state, is spontaneously flammable. The corrosiveness of the acid catalyst

would necessitate the use of special materials. Alternatively it may be possible

to employ cation exchange resins as fixed catalysts in the cold tower with a

saving in materials and process chemical costs.

6.4.2 Halogen acids/water exchange

The separation factors for HC1, HBr and HI exchange in water are all above

those for the H2S/H20 system (see Figure 2) while the HI/H20 system appears to be

particularly attractive. Equilibrium in these ionic solutions is reached very

rapidly. However the halides carry only half as much hydrogen per molecule as

either H2S or H2 and all gas flow rates are effectively doubled. Tower require-

ments in dual temperature exchange are further increased because the halides are

very soluble in the cold tower and because the vapour pressure in the hot tower

is appreciable. Both these factors reduce the effective separation per stage

(see Equation 6). Other problems arise due to the corrosiveness of the halogen
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acids and because these acids form azeotropes with water,

Vaisberg and Varshavskii (1963) studied the HC1/H20 system in dual temperature

operation between the temperatures of 17°C and 90°C and a design study for the

HI/H20 system has been reported (Drews 1955, Barr and Drews I960). In the latter

study, it was assumed that a common ion solute could be used to destroy the HI/

H20 azeotrope and to reduce the solubility of HI in water. Even with these

assumptions., the HI/H20 scheme was found to be unattractive. However Drews (1955)

concluded that a relatively small decrease in the solubilities and humidities

assumed in the USAEC study could make the process competitive.

The feasibility of operating at temperatures of solid hydrate formation may

be worth studying, All halogen acids form solid hydrates, for example,

HI'2H20, m.p. - 43°C; HC1'2H20, m.p. - 18°C; HBr'4H20, m.p, - 56°C (Mellor 1952).

At -40°C extrapolation of existing data for the HI/H20 system gives a « 6, If

practicable3 a flow scheme based on formation and subsequent decomposition of a

hydrogen halide hydrate could be devised. Glew (1966) has proposed such a scheme
for the hydrates of hydrogen sulphide.

6,4.3 Alkanes/hydrogen exchange

The separation factors for hydrogen exchange with alkanes have been calculated

by Varshavskii and Vaisberg (1955) to be about the same as that for water or

ammonia (see Table 11). If hydrogen exchange with alkanes follows the general

law that systems with similar separation factors also have similar temperature

coefficients of ot , the enrichment per stage is likely to be large at low temper-

atures. Typical separation factors could be approximately 6 at -50°C, 12 at

-100°C and 45 at -150°C but exchange rates at these low temperatures are likely

to be very slow (Barr and Drews 1960) „ However, if satisfactory exchange rates

could be obtained, natural gas which is the second largest source of deuterium

would provide a convenient feed to a heavy water plant. Vapour or liquid phase

exchange and monothermal or dual temperature operation all appear feasible.

Because hydrogen is many times more soluble in alkanes than in water (Stephen

and Stephen 1963), diffusion processes are not likely to limit the exchange
rate in liquid phase exchange.

Barr and Drews (1960) noted that alkane/H2 exchange rates are low and

extensive decomposition may occur but existing experimental results are meagre,

The catalytic activity of Pt and Pd alloys have been reported in the range

70-200°C (McKee and Norton 1964; McKee 1966). Even at these temperatures the "

exchange rates appear to be too low to be of use. Fundamental research on the

CH4/H2 system has recently been undertaken in Canada (Bancroft 1968).

i

I
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6.5 Comparison of Chemical Exchange Processes

At present the three chemical exchange systems of most interest for heavy

water production are H2S/H20, H2/NH3 and H2/H20. Some overall characteristics

of these systems are summarised in Table 12. It should be rioted that the GS

process has the highest energy requirement and the lowest overall separation

factor of these processes. There appears to be little scope for reducing heavy

water costs via the H2S/H20 route by modification of the GS process conditions.

Future gains are likely to be modest and based on an optimisation of equipment

size and performance.

French, Canadian and German research all indicate that NH3/H2 exchange is.

at least competitive with the GS process in plant sizes of 70 tonnes/year or

greater. There is still much scope for improvement in process and engineering

design so the NH3/H2 scheme is likely to become even more attractive. Limitation

in hydrogen supply is at present the most seric..s drawback. If this problem is

satisfactorily solved, the NH3/H2 route to heavy water production may supersede

the GS process.

The H20/H2 process has the lowest energy requirements and if a satisfactory

liquid phase catalyst is discovered it would also be a very attractive process.

7. DISTILLATION

Fractional distillation methods for heavy water production are based on the

small differences in the vapour pressure of isotopic species. If it is assumed

that the vapour and liquid phases form ideal solutions, the separation factor for

distillation is equal to the ratio of the vapour pressures of the two components.

When a substance contains more than one atom of a particular isotope, the

separation factor can be calculated approximately from the ratio of the vapour

pressures of the pure isotopic species (Bigeleisen 1957; Benedict and Pigford

1957), for example, for water

H2Q

'HDO
HDQ

•p
...(15)

The separation factors, as determined from Equation 15, for the distillation of

the four principal sources of deuterium, hydrogen, water, ammonia and methane,

are listed in Table 13. Because of deviations from ideality the separation factor

for hydrogen distillation is actually some 5 per cent less than predicted from

Equation 15, and shown in Table 13 (Becker 1962).

7.1 Hydrogen Distillation

The distillation of hydrogen is the most attractive distillation method of

heavy water production, since the separation factor is the largest of all four
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substances listed in Table 13 while the latent heat of vaporisation is the lowest.

Over 90 per cent of the deuterium can be economically recovered and.., because of

the small hold-up, equilibrium conditions can be established in about a day
(Malkov et al. 1958).

Hydrogen distillation was considered by the Manhattan Project but, although

the process was considered promising, no plant was constructed because of the lack

of engineering experience at extremely low temperatures (Murphy 1955). Small

plants have since been constructed in Russia (Malkov et al. 1958), Switzerland

(Hanny I960), Germany (Lehmer et al. 1959) and France (Akar and Simonet 1958,

Roth et al. 1958) while the largest plant, located in India, has a capacity of

14 tonnes/year (Garni et al, 1958; Garni and Rapial 1964). The total output of
these plants is about 30 tonnes/year.

Special insulation techniques are required in all hydrogen distillation

plants to prevent refrigeration losses and the hydrogen feed supply must be

purified to prevent solidification on heat exchanger surfaces (Bailey 1958;

Denton et al. 1958., 1959) . Hydrogen boils quietly without foaming but overall

plate efficiencies of only 30-40 per cent are obtained (Malkov et al. 1958, Roth

et al. 1958, Garni and Rapial 1964), Electrolytic hydrogen is the most convenient

feed, but electrolysis is not an economic method of hydrogen production in most

countries. Ammonia synthesis gas is used in the German and French plants but

extensive purification facilities are necessary.

Hydrogen exists in two forms, ortho-hydrogen and para-hydrogen. At ambient

temperature, an equilibrium mixture consists of 25 per cent para-hydrogen but at

the temperature of liquid hydrogen an equilibrium mixture would consist of almost

100 per cent para-H2o The transformation to para-H2 is. exothermic and the heat

release of 240 cal/gram mole (Roth et al. 1958) is greater than the heat of

vaporisation (see Table 13) . Some precautions are therefore required to prevent

contact of liquid hydrogen with substances which might catalyse this reaction.

Para- and ferromagnetic substances including oxygen are reported to be effective
catalysts (Becker 1962, Kanda et al. 1958).

When hydrogen at the natural abundance is distilled, HD is concentrated but,

because of the low temperatures, disproportionation into H2 and D2 does not occur.

Thus in the Indian plant, the primary distillation column produces about 95 per

cent HD and 5 per cent H2 (Garni and Rapial 1964). This mixture must then be

heated to room temperature and passed over a 'Deoxo type M1 catalyst where

equilibration of H2, HD and D2 occurs. A second distillation column enriches this

mixture to 99.96 per cent D2 and the product is then reacted with pure oxygen to
produce 99.9 per cent D20.

Power requirements for hydrogen distillation have been reported to lie in

1
i
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the range 3,500 - 6,000 kWh per kg of D20 (Benedict 1955, Malkov et al. 1958,

Akar and Simonet 1958). At an energy cost of 5 mills per kWh, a power require-

ment of 4,000 kWh per kg D20 corresponds to a cost of $20/kg D20. This compares

unfavourably with energy costs of about $7/kg and $3.50/kg for the GS and NH3/H2

processes respectively (see Table 7). Benedict (1955) estimated that operating

costs for a 40 tonnes/year plant would be $US 35/kg D20 while capital charges at

10 per cent would add another $US 37/kg D20 to bring the production cost to

$US 72/kg D20. Garni and Rapial (1364) reported operating costs of about $US 18/kg

D20 for a distillation unit using feed which had been enriched to 700 ppm in an

electrolytic cascade.

Appreciable cost reductions could be anticipated if production capacity

could be freed from the restrictions imposed by limitations on the supply of

hydrogen. If a cheap method of hydrogen equilibration with water is developed,

both hydrogen distillation and NH3/H2 exchange would become attractive routes

to heavy water production. Research workers in France, having studied both these

methods, concluded that NH3/H2 exchange has the best prospects (Lefrancois et al

1964) .

7.2 Water Distillation

Distillation of water is a particularly simple method of heavy water production

but the enrichment per stage obtainable in practice is quite small. Although the

separation factor is as high as 1.12 at a pressure of 4.6 mmHg, operation in this

region is not practical because of excessive tower volumes and the pressure drop

requirement through the column. Typical working pressures would be 60 and 250 mmHg

at the head and the base of the columns respectively (Murphy 1955). The average

separation factor for these conditions would then be about 1.05.

Water distillation was the method chosen in three small plants in the U.S.A.

during World War II largely because little process development was required.

Operating costs for these plants were $US 400 kg/D20 (Murphy 1955). Benedict

(1955) suggested two possible methods of utilising heat more efficiently to

reduce costs, namely, using cheap exhaust steam from a power plant or using

vapour recompression. Even with these and other modifications including the use

of an efficient tower packing (Spraypak) developed by the UKAEA (McWilliams 1953;

McWilliams et al. 1956), production costs were not competitive. About 180,000 kg

of 152 kN/m2 (22 psia) steam were required per kg of D20, and even if this steam

were as cheap as 33 cents/tonne, energy costs would still amount to $60/kg D20.

Ayres (1969) reported a scheme to produce heavy water as a byproduct of a

large power plant. In the proposed scheme, turbine exhaust steam at pressures

in the range 14-28 kN/m2 (2-4 psia) is utilized as a cheap source of heat for

large packed distillation columns. The performance of the tower packing would
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be vital to the economic success of this method since channelling in packed •

towers can lead to a marked decrease in efficiency as tower diameter is increased..

A design study backed by research and development to determine the characteristics

of various packings is required to assess the economic possibilities of this
method.

Distillation of water is of considerable interest for final enrichment and

for upgrading of heavy water from nuclear reactors. The Dana and Savannah River

plants both used water distillation for enrichment beyond 15 per cent D20 and

similar facilities are planned for the new Canadian plants (Nuclear Canada 1969c).

Water distillation is dependable, simple and flexible in this range. As the

distillation columns operate under vacuum in contrast to the high pressures of

the GS process, loss of valuable product is avoided. The cost of final enrichment

accounts for only 3-6 per cent of the total cost (Bebbington et al. 1959, Huber
and Sperandio 1964).

The Savannah River distillation train contains six towers each about 80 feet

high and containing over 70 plates. Packed towers are preferred for final con-

centration in 'Kuhn' columns designed by Sulzer Brothers Ltd. (Huber 1960, Huber

and Sperandio 1964). A comparison of the performance of the Sulzer columns and

Savannah River sieve plate columns is shown in Table 14.

7.3 Ammonia Distillation

t«

Ammonia distillation has several distinct advantages over water distillation:

(i) The latent heat/mole of hydrogen is only 40 per cent of that of

water, making reboiler and condenser loads considerably less.

(ii) At pressures of 1 atm. and above, the separation factor- is

greater than that of water. Operation at several atmospheres pressure is desirable

to increase vapour density and reduce tower requirements.

(iii) Ammonia carries 50 per cent more hydrogen than water. Vapour flow
rates are reduced correspondingly.

The economics of ammonia distillation has been studied by Drews (1955) and

by Garni et al. (1958). Drews considered two plant types, a parasitic unit

operating in conjunction with an ammonia plant and a plant relying on feed

equilibration via the NH3/H20 exchange reaction. Power requirements for a

parasitic plant were estimated to be 3,400 kWh per kg D20 (Garni et al. 1958).

Table 15 shows the results of the cost studies. Even in the most optimistic

case, ammonia production is not competitive. Barr and Drews (i960) concluded that

ammonia distillation would be of interest only if the separation factor was not

given by the cube root of the vapour pressure ratio of the pure isotopic species,

.
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NH3 and ND3, as assumed in their study. Subsequent results indicated that this

assumption was correct (Petersen and Benedict 1963; Benedict 1965). Nevertheless,

distillation of ammonia is attractive as a finishing operation for the same reasons

that water distillation is attractive as a finishing operation in the GS process.

Ammonia distillation is used to produce 99.75 per cent ND3 from a 1-2 per cent

feed in the French NH3/H2 exchange plant at Mazingarbe (Le Chatelier 1968).

7.4 Methane Distillation

The separation factors for methane distillation at atmospheric pressure or

below are too low to be of use for heavy water production (Armstrong 1953,

Armstrong et al. 1955, Drews 1955). Pogorski (1968) claimed, however, that the

separation factor is more favourable at high pressures where the deuterated

methanes are more volatile. According to Pogorski, the separation can be enhanced

further by suitable additives or by application of external electric or magnetic

forces. Experimental determinations of the differences in vapour pressures between

deuterated and normal methanes are difficult to reconcile (Canadian Chemical

Processing 1965, Pogorski 1968, Grigor and Steele 1968). The results of Pogorski

f.or the monodeuterated CH3D are compared with Grigor arid Steele
 Js data for the

fully deuterated CD4 in Table 16. Some confusion exists in'the literature as to

whether Pogorski!s data were obtained for a simple binary mixture, as suggested

by the U.S. patent claim (Pogorski 1968), or in a more complex system (Canadian

Chemical Processing 1965, Ayres 1969). If the vapour pressure ratios of deuterated

methanes obey the geometric progression law at high pressures as they do at low

pressures (Armstrong et al. 1955), a separation factor of about 0.991 could be

expected from Grigor and Steele's results for pressures above 2 atm. (the

separation factor is less than 1 because deuterium is enriched in the light

phase). Pogorski's data, by contrast, indicate'a separation factor in the range

0.82 - 0.96.

If the separation factors observed by Pogorski can be obtained in actual

distillation columns, methane distillation could be an attractive route to heavy
3

water production. Methane is attractive as a feed because it has a low latent

heat and is present,,in large quantities in natural gas. Natural gas is frequently

stored under pressure or liquefied so that power costs are likely to be low.

8. ELECTROLYTIC SEPARATIONS " " ^

s'"'"
8.1 Electrolysis of Water- ...̂

,.-"''""'
When water is decomposed by electrolysis^the deuterium concentration is

increased, in the residual solution and ̂ d-cTcreased in the hydrogen gas. It is
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believed that this effect is partly due to the H2/H20 chemical exchange reaction

and partly due to the relative rates of discharge of ions at the electrode

surface and the subsequent formation and liberation of molecular hydrogen (Farkas

19355 Conway 1958, 1960). Separation factors in the range 3-10 are typically

observed with the highest separation factors being obtained with low over-voltage

metals (Walker 1961)„ Since these separation factors are generally greater than

those observed in chemical exchange or distillation processes, electrolysis of

water appears, at first sight, to be an ideal method of deuterium enrichment.

Only 15 electrolytic stages are required to produce 99.7 per cent D20 if the

separation factor is 7 and, if the enriched hydrogen produced from the fourth and

subsequent stages is burned and recycled, deuterium recovery is 33 per cent
(Benedict and Pigford 1957).

Benedict (1955) has studied the economics of heavy water production and shown

that power requirements would be about 125,000 kWh per kg D20. If electricity is

produced for 4 mills/kWh the energy cost alone would be $500/kg D20. Heavy water

production via electrolysis of water can only be economic if the hydrogen produced

can be sold competitively. Even if power costs are such that this condition can

be met, the heavy water plant must bear the cost associated with the enriched

hydrogen which is burned and recycled. The cost of this operation alone, assuming

hydrogen has a value of 1.75 cents/m3 ($0.50/1000 cu ft) is about $30/kg D20

Benedict and Pigford 1957) , Seme thought has been given to recovery of much of

this energy using fuel cells (Winsel 1963) or reversible electrolysis (Drews 1955),

but no economic possibilities are foreseen (Barr and Drews 1960).

Although water electrolysis is not used at present as a direct method of

heavy water production, it is used to produce an enriched hydrogen feed to a

H2/steam catalytic exchange unit in Norway and to hydrogen distillation plants in

Russia, Switzerland and India (Becker 1962). These plants were discussed briefly

in Sections 6,3 and 7.1. Electrolysis is also a simple and flexible method of

reconcentrating downgraded heavy water from nuclear reactors. While water

distillation is regarded as a better method for concentrations below 50 per cent

D20 (Bebbington et al. 1964) , for concentrations above 90 per cent D20 electrolysis

appears to be the most suitable method of upgrading small quantities (up to

several tonnes/year) of heavy water (Morrison et al. 1964, Saito et al. 1964).

8.2 Electrolysis of Ammonia

Separation factors of 15-30 have been claimed for the low temperature

electrolysis of ammonia (Better et al. 1963). While there is no possibility of

producing heavy water economically solely by electrolysis of ammonia, elestnoly&is

could1be used to crack enriched ammonia to provide hydrogen reflux to an NH3/H2

monothermal exchange unit or for the final concentration of the product following

! -.1
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exchange. However, thermal cracking and ammonia distillation are preferred

for these operations in the French plant at Mazingarbe (Ellwood 1968).

9, CHROMATOGRAPHIC SEPARATIONS

All separations which rely on partition of an isotopic mixture between a

solution and an adsorbed phase are classified in this section as chromatographic

processes. Little consideration has been given in the past to chromatographic or

adsorption methods of deuterium enrichment and there is no agreement on the best

mode of operation of such a system.

Gas chromatography has been used since 1952 as an analytical tool for

separation of volatile components in a mixture. In 1956, Glueckauf and Kitt

(1957a, 1957b) were able to separate deuterium and hydrogen at room temperature

by displacement chromatography using a stationary phase of palladium on an

asbestos support. Deuterium was the first component to appear and only two peaks

corresponding to H2 and D2 were obtained because the palladium catalysed the

conversion of HD to the pure isotopic species. Over the range 0-100°C the

separation factor was given by

log a = 215
T - 0.47 where T is in K

According to this equation, a is 1.3 at 100°C, 2.1 at 0°C and, extrapolating to

lower temperatures, a = 5.9 at -100°C and 19 at -150°C. Thomas and Smith (1959)

were able to separate the two hydrogen isotopes by elution chromatography, again

using palladium as the stationary phase. While palladium appears to be a satis-

factory adsorbent for H2-D2 separation (Lewis 1967, Better et al. 1964), inventory

requirements are almost certainly prohibitive. Other workers have demonstrated

almost complete separation of the hydrogen isotopes at low temperatures (-200°C

or less) using other stationary phases, namely, alumina (Venugopalan and Kutsehke

1963; Hauback et al. 1967), alumina-chromic oxide (Smith and Hunt 1960) and

silica gel (Hunt and Smith 196.1) . In all these separations, deuterium has the

longest retention time. Deuterated methanes have also been separated at higher

temperatures using charcoal (Gant and Yang 1964) and porous polymer beads

(Czubryt and Gesser 1968) with the deuterated species appearing first in the

effluent.

Chromatographic processes for isotope separation have the advantage that a

large number of theoretical stages can be obtained in a small column. Until

recently, however, the problems encountered in adapting such a system to a

process scale unit seemed insurmountable. The chief difficulty was found in

obtaining good resolution in large diameter columns because channelling effects

and the axial velocity gradient across the column worked against separation.
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West (1965) obtained satisfactory separation of H2, HD and D2 at 77°K using a

0068 in diameter column packed with ferric oxide treated alumina. Although

column diameter could possibly be increased to 4 in without serious loss in

efficiency, West considered that if capacity were to be increased further it

would be more desirable to arrange a number of small diameter columns in parallel.

Timmins and Ryan (1969) have reported that, if special 'baffles are used to promote

radial mixing, column diameter can be increased to 4 feet. Column diameters of

10 feet or more have been projected (Chemical Processing 1969). Enrichment

equivalent to one theoretical sta.ge can be obtained for relatively large columns

in a height of 002-1.0 cm (Timmins and Ryan 1969).

A schematic diagram of a chromatographic unit for large-scale production is

shown in Figure lOa, As each product stream appears in the effluent it is detected

and diverted to a recovery vessel where it is separated from the carrier gas which

is then recycled. The feed to a chromatographic column for heavy water production

could conceivably be any of the major sources of deuterium; hydrogen, methane,

water or ammonia. Control of such a unit is likely to be complicated and the

cost of product recovery will depend on the nature of the feed and the carrier
gas.

Gas chromatography is essentially a batch operation, though it can be made

continuous by cyclic operation (Thompson 1961). Even under these circumstances

the column is never fully utilised because the carrier fluid will occupy a

significant proportion of the total volume.

Some of the problems outlined above can be overcome if adsorption is carried

out on a moving bed (Basmadjian 1960, 1963; Clayer et al. 1968), A schematic

diagram of a moving-bed chromatographic unit as employed by Clayer et al. is

shown in Figure 10b, The hydrogen feed is introduced between the adsorption

and reflux zones and separation of the mixtures into its two components is

achieved by counter-current exchange between the gas and the adsorbed phase of

silica gel which flows downward by gravity in the moving bed. The displacement

gas which., in this case, is nitrogen is introduced below the desorption zone and

is adsorbed preferentially, replacing the deuterium-rich gas which is then

displaced upwards into the reflux zone. For Clayerrs experiments, the adsorption

and reflux zones were maintained at -196°C and the desorption and purge zones

at 180°C. The separation factor under these conditions was 1.5 and the height

equivalent of an equilibrium stage (HETP) varied in the range 5-7 cm. The chief

disadvantage of the moving bed unit proposed by Clayer is that refrigeration

costs are very high because of the large temperature difference between the
adsorption and desorption zones.

Drews (1955) studied the economics of heavy water production by adsorption

00
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of hydrogen on a fixed charcoal bed at a low temperature followed by subsequent

stripping at ambient temperatures to recover the deuterium-rich gas. The COST:

of char inventory was about $US 12 per kg of D20 and refrigeration costs were

high, Barr and Drews (i960) concluded that such a system could only be economic

if the separation factor was at least 100 at -240°C or 50 at -160°C. By contrast,

Basmadjian (1960, 1963) reported that the separation factor on active carbon at

-187°C was a mere 1.14.

Very little has been published on the enrichment of water by adsorption, ion-

exchange or other chromatographic processes, Barr and Drews (i960) indicated
f

that char adsorption of water could be an attractive method of feed pre-

concentration. In their scheme which was based on the data of Arii (1937), water

was adsorbed at 30°C where the separation factor was 1.8 and desorbed at 100°C

where the separation factor was 1.2. Kakihana (I963a, 1963b) indicated that

water can be depleted in deuterium by contacting with a liquid or solid ion

exchanger. Separation factors of about 1.5 at room temperature were claimed. The

concentration of heavy water by this method does not appear to be due to ion

exchange, but rather to the selective sorption of heavy water by the exchanger.

Because information such as exchange rates, separation factors, practical

operating conditions and the most desirable method of contacting adsorbent and

solution is largely lacking, it is difficult to assess the prospects of chromato-

graphic separations as economic routes to heavy water production. In view of the

current advances in production-scale chromatography, a re-examination of the

prospects of this method seems worth while.

10. CONCLUDING COMMENTS

Any physical or chemical differences in the properties of deuterium or

hydrogen or their compounds can be used as a basis for the production of heavy

water. Thus the literature contains hundreds of proposed methods which have not

been discussed here. Most of these schemes can be eliminated on economic grounds

because separation factors are inadequate, energy costs are excessive or because

the methods cannot be efficiently adapted to large scale production.

Chemical exchange schemes for heavy water production are most attractive

since a high degree of reversibility can be achieved and they are easily adapted

to the process industry. The GS-process will remain an attractive scheme but,

for fundamental reasons, the scope for further improvements is limited. Two

exchange reactions; NH3/H2 and H20/H2, appear to be particularly promising for

further development because they ha.ve a far greater elementary isotope shift.

Amine/H2 exchange also appears to have promise because exchange rates are

reportedly higher than those for NH3/H2 exchange and it would be possible to

operate a bithermal unit at a higher hot tower temperature or a lower pressure.

J
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A scheme to produce heavy water based on the H20/H2 exchange reaction would

be highly competitive if a satisfactory liquid phase catalyst were discovered.

Even if such a catalyst cannot be found, high temperature H20/H2 exchange could

be used to provide an unlimited hydrogen stream which is further enriched via

another process such as NH3/H2 exchange or H2 distillation.

Distillation of water., methane and hydrogen all appear to have some prospects

of economic success. Processes for heavy water production based on chromatography

or selective adsorption have received scant attention in the past. Many problems

would need to be overcome before these processes can be adapted to large-scale

production of heavy water but, in view of recent advances in plant scale chromato-

Lhey should be re-examined.
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TABLE 1

PEED REQUIREMENTS TO PRODUCE 100 TONNES HEAVY WATER/YEAR

Feed
Material

Water

Synthesis gas

Hydrogen

Deuterium
Concentration

in Peed

140 ppm

150 ppm

130 ppm

% Deuterium
Recovered

Feed Volume Required

0.10 m3/s

(1,350 Imp. gal/min)

17 kg NH3/s

(1,500 tonnes NH3/day)

34 m3/s (STP)

(72,000 ft3/min)

TABLE 2

HEAVY WATER PRODUCTION PLANTS

Process

H2/ steam exchange

H2 distillation
and electrolysis

NH3/H2 exchange

H2S/H20 exchange

Location

Rjukan and Glam
Fjord, Norway

Nangal, India

Mazingarbe,
France

India

Savannah River
U.S.A.

Port Hawkesbury
Nova Scotia,
Canada

Glace Bay, Nova
Scotia, Canada

Bruce Point
Ontario,
Canada

Rajasthan,
India

Capacity
( tonnes/
year)

20
•

14

25

65

160

380

360

720 '

100

Start-up

producing

ti

H

1972 '

producing

1970

1972

1972

1972

Reference

Becker (1962)

Becker (1962)

Ellwood (1968)

Prakash - BARC
private comm.
( 1969)

Bebbington and
Thayer (1959)

Law (1968)

Nuclear Canada
( 1969a)

Nuclear Canada
( 1969b)

Nuclear Canada
( 1968)



TABLE 5

OVERALL SEPARATION FACTORS FOR DUAL TEMPERATURE EXCHANGE COSTS OF HEAVY MATER PRODUCTION (GS PROCESS)

Exchange Reaction

HD(g) + H20(-0) - HDO(-e) + H2(g)

HD(g) + NH3(̂ ) * NH2D(-0) + H2( g)

Dl(g) + H20(<0 - HDO(̂ ). + Hl(g)

DBr(g) + H2OU) - HDO(-g) + HBr( g)

DCl(g) + H20(̂ ) * HDO(-e) + HCl(g)

PH2D(g) + H20(-0 * HDO(4) + PH3(g)

FDS(g) + H20(̂ ) - HDO(̂ ) + H2S(g)

. ;,H7SD(̂ ) + H20(,0) - HDO(̂ ) + C3H7SH(̂ )

Cold Tower

T°C

20

-40

10

10

10

10

30

10

a

4.11

5.79

4.18

5.32

2.72

2.57

2,22

2D10

Hot Tower

T°C

200

70

150

150

150

150

130

90

a

2.01

2.85

2.42

2.08

1.82

1088

'1.76

1.77

a
cold
a
hot

2.04

2.03

1.73

1.60

1.49

1.37

1.26

1.19

TABLE 4

• TEMPERATURES OF HYDRATE FORMATION

AND LIQUEFACTION FOR HYDROGEN SULPHIDE

(Bebbington et al. 1959)

Pressure

MN/m2

0010

0.34

0,69

1.38

2.07

2.24

2.76

4.13

psia

15

50

100

200

300

325

400

600

Temperature °C

Hydrate formation

1.1

12.2

18.6

25.0

28.9

29.5

H2S liquefaction

29.5

38.6

56.1

Capacity
Basis

Savannah River
450 tonnes/year
$US - 1952

OPERATING COSTS (US DOLLARS/kg D20)

MATERIALS

Feedwater
H2S make-up
Total materials

SALARIES AND LABOUR

MAINTENANCE

Labour
Materials
Total maintenance

UTILITIES

Steam or natural gas
Electric power
Cooling water
Total utilities

MISCELLANEOUS

ADMINISTRATIVE AND GENERAL EXPENSE

TOTAL OPERATING COST

0.88
0.66

$ 1.54

2.86

2.93
1.14

$ 4.07

9.57
2.97
0.44

$12.98

0.33

7.92

$̂ 9.70

9

Proctor-Thayer (1962)
180 tonnes/ year
$US - 1960

1.21
0.11

$ 1.32

2.20

2.86
0.55

$ 3.41

4,07
1 87
0.33

$ 6.27

0.33

3.85

$17.38

CAPITAL CHARGES AT 14$ PER ANNUM (US DOLLARS 'kg D20)

GS Process

Piping
Towers
Heat exchangers
Structures
Instrumentat ion
Other
Total GS process

Distillation plant

Electrolytic plant

Steam and electric power plant

Water treatment and distribution

H2S inventory

General facilities

Total capital charge at 14%

11.44
' 8.91
4.29
3.41
1.87
3.96

$33.88

0,77

0.45

4.62

2.20

0.33

2.42

$44.67

3.63
4,18
4,29
0.44
1.21
2,20

$15.95

1.21

0.66

0.77

0.22

1.98

$20.79

TOTAL PRODUCTION COST/kg D20

Operating cost + capital charges at 14#. $74.37 $38.17

Operating cost -I- capital charges at 10# $61.60 $32.34



TABLE 6

MURPHREE PLATE EFFICIENCIES FOR NH3/H2 EXCHANGE

(Lefrancois et al. 1962)

Conditions

(a) pressure 36.8 MN/m2 (375 atm.)

amide concentration 0.18 moles/litre

t emp er atur e -50 ° C

(b) pressure 49.1 MN/m2 (500 atm.)

amide concentration 0.68 moles/litre

temperature -65° C

NH2K

4.5f0

1.8J&

NH2Rb

24$

17#

NH2Cs

22%

IQ%

TABLE 8

TABLE 7

COMPARISON OF COSTS FOR GS AND NHa/Hg PLANTS

Capacity

Reference

Exchange rate

Dollars

Capital cost

Production cost per

Capital charge (14$)

Steam at 55 cents/tonne

Power at 4 mills/ kV'.i

Labour

Materials

Cooling water

Overheads and finishing

GS plant

180 tonnes/year

Proctor and Thayer (1962)

1.11 $US/$A

$A 1960

$A24.1 million

leg D^O

18.70

6.05

0.93

4.55

1.68

0.30

. 3.76

IA35.97

NHa/H2 plant

100 tonnes/year

Becker et al. (1969)

4.09 DM/$A

$A 1968

$A13 million

18.10

1.20

2.24

1.46

3.18

1.22

1.96

$A29.36

BREAKDOWN OF COSTS FOR 560 TONNES/YEAR HEAVY WATER PLANTS -

WATER-BASED NH3/H2 DUAL TEMPERATURE EXCHANGE

(Bancroft 1968)

Plant Costs

Water treatment

Hydrogen-water exchange

Catalyst preparation

Hydrogen plant

Ammonia-hydrogen exchange

Final purification

Utilities

- 1st stage

- End stage

Operating Costs - Comparison with GS Process

Basis GS process 100%

GS

Utilities

Steam

Electricity

Fuel gas

Materials

Direct labour

Overhead and administration

Maintenance

Taxes and insurance

41."6

8.5

5.6

6.2

5.0

23.6

9.5

100.0

4.7

33.3

1.9

1.3

44.5

4.7

2.6

7.0

100.0

16.7

5.2

1.8

7.1

6.2

5.0

17.1

11.5

70.6
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TABLE 1C

RATE OF HYDROGEN - WATER EXCHANGE WITH VARIOUS CATALYSTS

Hydrogen pressure 1 atm. 1 litre of solution

with 0.01 mole of catalyst in all cases

(Schindewolf 1963) .

wi

lyst

in 4 M HC1

n 0.5 M KCN

xide in water

ide in ammonia

oal in water

Temperature

â 'c
30 °C

115 °C

-53°C

30 °C

Rate
( mole/litre . sec)

8 x 10"6

9 x 10~8

1.5 x 10~7

^ 2 x 10"5

1 x 10-4

Activation
Energy

kcal/mole

23.8

1

24

~ 10

5.8

TABLE 11

PROPERTIES OF METHANE, ETHANE, AMMONIA AND WATER

CH4
CaHs

NH3
H20

a for H2 Exchange (25°C)
(Varshavskii and
Vaisberg 1955)

3.04

3.20

3.30

3.28

Normal Boiling
Point

°C

-183

- 89

- 78

100
|

Critical Properties

T
c

-83°C

32°C

133°C

374°C

P
c

46 atm.

49 atm.

Ill atm.

218 atm.



CM
H

a
PQ

g
H
fr
O

B
O
PC

PC
O
P-H
co

cog
g
8

o

g
H
2

O

o

CO
H
PC
<

I
O

CM
ffi

0
CM

ffi

CM
K

co
g

O
w

w
CO

CMtn

H
cd
E
fn
CD
.£
-P
•H
ffl

H
K5
S
fn
0)
.£
-P
O
G
O
2

"

H
ctf
E
fn
0)
£
•P
•H
m

H
cd
E
£H
CO
£
-P
•H
ffl

>»
H
G
-P >»

fn O O G SL,
C D ^ S . o o H H ^ H O O
- P H O O O H O O f t -P O
c t f L O O t O O • • • E O H
S oo oo •># oo oo o cd •>

o CH oo
w

G -H
C -P
0 «S
fl w

W
cti
hO

w o OT o> w
•H •̂  o r^- r^ ffi o
w to o O « t • z o
0 ) C O O ^ l L O L O W tO
rd oo i •»
-P LO

6w

w
Ki
fjfl

02 O O Ol VO tO CM
•H ' feS. o o t ^ O O ' O E O
W O O O O K O
0) C O O ^ t ^ L O O O O O S ^
^J 00 1 •»
-p to
6,F*>
W

TJ
G
JL,

fn O O -H
(D^R. o o C « J t D C D 3
• P H O O O O O C ^ - O O C f O
Ctf 00 00 tO tO G O
£ H 00 H H !H LO

•>
G • r-
«o
fi

°™w n&
0 faO
• H O !̂
-P o 0
•H o rj
Ti G 3:
C ?H G ^
O 3 PH
O -P 3 #

«3 -P W -p
faO JL, (d ?H CJ

<D G G !H O G
0 -H p, G -P E
fc -P E a O ' G
3 ctf • o> S «J (L,
O ?H E -P G fe -H
W G -P -P 3

a «J JH C JH r-i O1

E O G ^ O G f n r H G
i-v 1-̂ ^ /l\ >> /]% , ,_] »^ ^i» *.-( | ^ n
P t > 5 C l J ^ U J ' H g C J C O - P ^H
• H f c H j ^ O ^ -P O ^ ? H W
J ^ G «3 3 - P O c d - P O G >i >»
G > O W - p ? n + 3 > H f a O
• P O - H M T J c d T d O c d !H
3 0 a G H - p a r H - P -P G
0 ) G > j ? H O O G O O Cti £
a p ^ B j p H O t c c o o t a o w

-P
CQ

O
•H

o
H

Id

£
•3-p
o

G
XS
-P

W
•H

G
E
G

G
L,

fn
G
fl

G

I
ft

G
-P
CO

G

ft

O
-P

G
•H
H
a
ft

TABLE 15

APPROXIMATE SEPARATION FACTORS FOR DISTILLATION

(Benedict and Pigford 1957, Lange 1956)

Substance

Hydrogen

Water

Ammonia

Methane

Latent Heat
at Normal

Boiling Point
Cal/mole
Hydrogen

216

9,700

3,720

980

Normal Boiling Point

a

1.81

1.026

1.036

0.997

T

-253°C

100 °C

- 34°C

-162 °C

Triple Point

a

3.60

1.12

1.08

I 1.0016
1 . _..

P(mmHg)

54

4.6

45.6

87.5

T

-260°C

0°C

- 78°C

-183 °C

TALIE 14

COMPARISON OP SULZER PACKED COLUMN WITH SIEVE-PLATE COLUMN AT SAVANNAH RIVER

(Huber 1960)

Head pressure

Boil-up rate g cm~2 h""1

Number of theoretical plates per metre

Pressure drop per plate

Hold-up per cm2 plate

Savannah River
Column

100 mmHg

120

3

2.8 mmHg

4,8 cm3

Sulzer Packed
Column

100 mmHg

100

50

0.4 mmHg

0.34 cm3

TABLE 15

ECONOMICS OF AMMONIA DISTILLATION

Investment $US/kg D20 year

Production cost $US/kg D20
i_

Drews (1955)

Feed
Equilibration

400

138

Parasitic
Plant

320

90

Parasitic
Plant

Optimistic

275

66

Garni et al. (1958)

Parasitic Plant
9 tonnes/year

337

81



TABLE 16

VAPOUR PRESSURES OF METHANES ABOVE ONE ATMOSPHERE

T

°K

120

130

140

150

160

170

180

190

(Armstrong et al. 1955)
Vapour Pressure

P (atm.)

1.90

3.67

6.38

10.5

15.7

23.1

32.4

44.3

Grigor and Steel (1968)

vapour Pressure
Difference

PCD4 " PCK4
 atm*

0.06

0.14

0.18

0.34

0.59

0.88

1.14

1.92

P /P
CD4 CH4

1.031

1.038

1.028

1.034

1.037

1.038

1.035

1.044

Pogorski (1968)

Vapour Pressure
Difference

"p — °p Pi"f~tn
CH3D

 rCH4

1.43

1.77

2.04

2.18

1.77

1.70

P /Prtr TV fuUri3JJ 'wn4

1.22

1.17

1.13

1.11

1.05

1.04

Liquid
Feed

To Hi
Stages

Enriched
Liquid

Depleted
Gas

COLD

TOWER

Enriched
Gas

HOT
TOWER

Depleted Liquid
to Drain -*

Waste Gas Feed Liquid

Circulating
Gas

COLD
TOWER

( Deuterium
Transporter) Gas product Liquid

PHASE
CONVERTER

MONOTHERMAL OPERATION

(a) DUAL TEMPERATURE OPERATION

FIGURE 1. CHEMICAL EXCHANGE PROCESSES FOR HEAVY WATER PRODUCTION



FIGURE 2. EFFECT OF T E M P E R A T U R E ON SEPARATION FACTOR FOR CHEMICAL EXCHANGE REACTIONS
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STAGE STAGE 2 STAGE 3

50m3/s(STP)
-*>
FEED
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GAS

0-26 kq/s
2-36 kq/s

COLD
STRIPPING
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dia.- 25m
height«5lm
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0-4m
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dia-1 m
height =
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60°c
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dia =
0-4 m
height.
35m
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COLUMN

dia«l-9m
height -
39m

50m3/s CSTP")

TO AMMONIA
SYNTHESIS

62kgs

COOLERS

*• FINISHING
•*- STAGES

FIGURE 6. GERMAN DESIGN FOR DUAL T E M P E R A T U R E NH 3 /H 2 EXCHANGE-

C A P A C I T Y 100 T O N N E S / Y E A R D2O (Becker et al 1969)

DRIER AND EXCHANGER
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504 kg/S EXCHANGE
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FIGURE 7. CANADIAN FLOWSHEET FOR DUAL TEMPERATURE NH3 /H2 EXCHANGE-

SYNTHESIS GAS FEED 63 TONNES D 2 O/YEAR (Bcincroft 1968}
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FIGURE 9. S C H E M A T I C D I A G R A M OF T R A I L PLANT

(Benedict and Pigford 1955, A y r e s 1969)
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FIGURE 10A. FIXED BED C H R O M A T O G R A P H Y

( T i m m i n s and R y a n 1969)

FIGURE 10B. MOVING BED C H R O M A T O G R A P H Y

(Clayer et al 1968)


